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ABSTRACT: This article describes a mathematical model for the finishing stage of nylon-
6,6 polycondensation in a twin-screw extruder reactor. In the model, the extruder is
conceptually divided into two regions. The first one is the partially filled degassing
zone, which is operated under low pressure and where the evaporation of water from
the polymer takes place. The rate of evaporation is considered to depend on an overall
mass transfer coefficient and is limited by the water—polymer physical equilibrium. In
the second region, which is fully filled, the polymer flow is assumed to be plug-flow and,
in this region, the reversible polycondensation reaction occurs, as well as degradation
reactions. A comparison with experimental data obtained in an industrial plant shows
fairly good agreement with model predictions after optimal fitting of the rate coeffi-

cients. © 1998 John Wiley & Sons, Inc. J Appl Polym Sci 67: 1573—1587, 1998
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INTRODUCTION

Nylon-6,6 polymer is produced from hexamethy-
lene diamine and adipic acid monomers. Like
many other step-growth polymerization pro-
cesses, nylon-6,6 polycondensation is carried out
typically in three stages due to different condi-
tions of kinetic, mass and heat transfer, conden-
sate removal, and viscosity in each process stage.

The design of the finishing stage reactors re-
quires special features since they usually operate
with high viscosity polymers, thus under difficult
conditions of condensate removal and heat trans-
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fer. Extruder reactors can be effective in handling
these conditions, as described in reviews on reac-
tive extrusion.'™®

The kinetics and equilibrium of nylon-6,6 poly-
merization were studied by Ogata.*® Other re-
searchers, such as Kumar et al.®” and Steppan et
al.,® have proposed different kinetic expressions,
but all of them have strongly based their equa-
tions on Ogata’s data. Steppan et al.® also pre-
sented a kinetic model for degradation reactions
in this system. It should be emphasized that all
the aforementioned works refer to the noncata-
lyzed nylon-6,6 polymerization. The effect of cata-
lyst on the kinetics of this process under typical
industrial conditions has not been reported yet.

Most works on modeling of nylon-6,6 finishing
reactors have focused primary on thin or wiped
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film reactors (Steppan et al.'’; Choi and Lee™).
Jacobsen and Ray'%'? presented a unified general
framework for the kinetic modeling of polyconden-
sation reactions. Later, Hipp and Ray'* applied
this general framework in a dispersion model for
tubular reactors, which is able to represent a
number of different reactor types, including rotat-
ing disk reactors and twin-screw extruder reac-
tors.

Comprehensive models for conventional plas-
ticating extruders have been developed, for exam-
ple, by Tadmor and Gogos,'® Meijer and Ele-
mans, ' Vincelette et al.'” More recently, there
has been a growing interest in the use of extruders
as continuous flow reactors for both synthesizing
and modifying polymers.’® As a consequence, a
number of works have described the modeling of
screw reactors with different levels of complexity.
Siadat et al.’® discussed the basic features of a
simple model for a polycondensation reaction in
an extruder reactor. They concluded that the ex-
truder behaves nearly like a plug-flow reactor. For
the modeling of the reactive extrusion process, Mi-
chaeli et al.” suggested a combination of the resi-
dence time, obtained by calculation or measure-
ment, with the reaction kinetics and an approxi-
mation for the flow pattern in the reactor, such
as a cascade of CSTRs or pipe reactors. Michaeli
et al.* claim that “it is absolutely possible to use
the simpler pipe reactor as a basis for the prelimi-
nary design of polymerization zone of screw reac-
tor.” Several authors have accounted for devia-
tions from plug-flow behavior using a combination
of the kinetics and the residence time distribution
(Michaeli et al.,'* Maier and Lambla,* Tzoga-
nakis et al.?!).

Several different applications have been re-
ported in the scientific and patent literature on
reactive extrusion.® To mention only a few exam-
ples, one can point out applications to peroxide
degradation of polypropylene in single screw ex-
truder?'; bulk polymerization of n-butylmeth-
acrylate and copolymerization with 2-hydroxy-
propylmethacrylate®*?*; anionic polymerization
of nylon-6, of nylon-6 block copolymers, and of
polystyrene'?; and esterification grafting of non-
ylphenyl-ethoxylate onto a premaleated ethyl-
ene—propylene rubber® in twin-screw extruders.
To the authors’ best knowledge, no application
regarding the modeling of the twin-screw ex-
truder reactor for nylon-6,6 polycondensation has
been reported previously.

The main aim of this article is to describe the

modeling of the finishing stage of an industrial
process of nylon-6,6 polycondensation in a twin-
screw extruder reactor. The model is validated by
comparison with industrial data under catalyzed
conditions.

MATHEMATICAL MODEL

In mathematical modeling, a concern always pres-
ent is the adequate balance between sophistica-
tion and simplification. Rigorous modeling of the
fluid mechanics and its interactions with other
phenomena in the extruder can be extremely com-
plex.! The guideline followed in the present work
was to propose a model whose complexity could
be checked against plant data. Therefore, it is use-
ful to consider several aspects of the idealization
of the flow in the extruder.

The process under study, the post-condensation
of nylon-6,6, is carried out in a self-wiping, co-
rotating, twin-screw extruder. The extruder is fed
with polymer melt. Two zones can be distin-
guished in the extruder as follows: a partially
filled zone, in which the channels are not com-
pletely filled with polymer, and a fully filled zone.
In the first section of the extruder, there is a vac-
uum vent port that promotes degassing conditions
for water evaporation. It is followed by a second
section in which the main phenomenon is the
polycondensation reaction, during which much
less or no evaporation takes place.

The above considerations prompted us to adopt
a two-region model for the extruder. Thus, in the
model, water evaporation is considered to take
place only in the first region (Region I), with no
reaction in this section. A kinetic approach is used
to model the mass transfer so that the water con-
tent in the polymer that leaves this section is a
function of the pressure imposed by the vacuum
system, the temperature, and the residence time
in this region. On the other hand, in the second
section (Region II), it is assumed that only chemi-
cal reactions occur, with no further evaporation
taking place. Plug-flow is assumed in Region II.
In the literature on reactive extrusion, the plug-
flow hypothesis has been used as a reasonable
approximation for a co-rotating, twin-screw ex-
truder,? as well as for a single-screw extruder.'®
As pointed out by Biesenberger,?* . . . the ex-
truder tends to be more plug-like than the tube in
laminar flow, owing to the presence of transverse
convection in the channels . . . self-wiping flights
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are believed to impart even more plug-like behav-
ior to co-rotating twin screw extruders with
tightly intermeshing screws.” In addition, the ex-
truder is considered to operate isothermally.

Figure 1 illustrates the two-region model for
the extruder.

Model Equations for Region I

Water evaporation is the only phenomenon con-
sidered in Region I. The mass transfer rate of wa-
ter evaporation at the vacuum vent port was ex-
pressed as a function of an overall mass transfer
coefficient and a driving force based on the extent
of departure from water—polymer equilibrium.
The balance equation for water in polymer (con-
sidering plug-flow in Region I) is given by

ac, _
QW = ka(Cw Cw,eq) (1)

where @ is the volumetric flow rate of polymer, %
is an effective mass transfer coefficient, and a is
the mass transfer area per unit volume of poly-
mer. Assuming constant conditions, eq. (1) can be
integrated over the volume of polymer in Region
I to give
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Cw = Cw,eq + (Cw,o - Cw,eq)exp[_ka %] (2)

where C,, is the water concentration in the feed
polymer (assumed to be in chemical equilibrium
with the polymer), and V; is the volume of poly-
mer in Region I. Note that if the value of the mass
transfer coefficient becomes high enough, the wa-
ter content approaches the equilibrium concentra-
tion. Therefore, this kinetic approach for water
evaporation accounts for an equilibrium situation
as an asymptotic case.

The solubility of water in molten nylon-6,6 was
calculated as a function of temperature and pres-
sure from the correlation given by Ogata* as fol-
lows:

Cw g = 2CtP10(3050/T7 10,09) (3)

where P is the pressure in mmHg and T is the
temperature in degrees Kelvin.

Model Equations for Region Il

The mass balances for the various species are
given by

dc;, Z
Q==Y o R
dV et JTY

i=A,C,L,W,SE,SB,X (4)

where «; ; is the stoichiometric coefficient of spe-
cies i in reaction j, and R; is the rate of reaction j.
The species considered are amine end-group (A),
carboxyl end-group (C), amide linkage (L), water
(W), stabilized end-group (SE), Schiff base (SB),
and crosslink (X). The reaction considered are
polycondensation and four degradation reactions.
The reaction scheme and the corresponding kinet-
ics were taken from the work of Steppan et al.®®
and are presented in the Appendix.

The number-average molecular weight can be
obtained from

Mn=2p/(CA+CC+CM+CSE-i-CSB—CX) (5)

where C,, is the concentration of monofunctional
monomer added to the formulation and p is the
polymer density.

As initial conditions for eq. (4), the concentra-
tions of the species at the inlet of the region II are
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the concentrations at the exit of Region I [the
water concentration is calculated by eq. (2), and
the concentration of the other species are the
same as those at the inlet of the extruder]. Equa-
tion (4) is numerically solved for the region II
using an adequate marching technique (standard
variable-step Runge—Kutta—Gill method) to ob-
tain the concentration of the species along the ex-
truder.

Empirical Correlation for the Relative Viscosity

In industrial practice, the relative viscosity (RV')
is probably the most important variable since this
property is used to characterize the quality of the
polymer produced in the post-condensation pro-
cess. However, the balance equations predict only
the concentration of end groups. Therefore, it was
necessary to include an equation for RV as a func-
tion of the concentrations included in the model
balance equations. As a first attempt, this was
done through an empirical equation between the
relative viscosity and the number-average molec-
ular weight M, (in part II of this series,?® an im-
proved relation based on neural networks it is
presented).

A set of 522 experimental data of relative vis-
cosity along with the corresponding experimental
values of amine and carboxyl end-group concen-
trations was used to develop this empirical rela-
tion. Note that the amine and carboxyl end groups
were the only concentrations measured to evalu-
ate M, so that it was not possible to consider, at
this point, the other end groups shown in eq. (5).
This simplified analysis lead to an empirical rela-
tion of the following form:

RV = gM, (6)

Figure 2 shows the comparison between eq. (6)
and the data. Most of data are within =5% of
the prediction. This spread may be due to process
variations, polymer degradation, and, as already
pointed out, the noninclusion of other end groups.

EXPERIMENTAL PLANT DESIGN

Preliminary analysis of industrial operation data
showed that the following operation variables are
important: the extruder temperature, the pres-
sure of the vacuum system, the flow rate, the pres-
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Figure 2 Parity plot for the empirical correlation for
the relative viscosity.

sure at the extruder head, and the screw rotation
speed. Other variables were the relative viscosity
and the amine and carboxyl end-group concentra-
tions at the entrance of the extruder and at the
spirenette after the extruder.

Application of experimental design to acquire
data in an industrial plant is more complex than
in laboratory experiments. A change of process
variables can lead to product outside of specifica-
tions, resulting in losses of thousands of dollars.
It is also not possible to open all the control loops
and operate the system by hand. These two points
should be taken in account very carefully. In gen-
eral, historical plant data do not give enough in-
formation far from the normal operating condi-
tions because the operation range is usually very
narrow. Sometimes historical disaster operations
give us good information about the process and
about which variables we should search.

In order to get data for model validation, a
planned set of 23 experiments was performed in
the industrial plant. The experimental plan con-
sisted, at first, of an incomplete factorial design,
complemented with some additional experiments
and triplicate runs at the central point. In the
industrial practice, however, some combinations
of variables were not possible due to operational
constraints,?® so the final experimental runs were
not exactly as shown in Table I.



Table I Coded Experimental Plan

Run T Pv Ph Q RPM
2 -1 -1 -1 -1 +1
3 +1 -1 -1 -1 +1
4 -1 +1 -1 -1 -1
5 +1 +1 -1 -1 -1
6 -1 -1 +1 -1 -1
7 +1 -1 +1 -1 -1
8 -1 +1 +1 -1 +1
9 +1 +1 +1 -1 +1
10 -1 -1 -1 +1 -1
11 +1 -1 -1 +1 -1
12 -1 +1 -1 +1 +1
13 +1 +1 -1 +1 +1
14 -1 -1 +1 +1 +1
15 +1 -1 +1 +1 +1
16 -1 +1 +1 +1 -1
17 +1 +1 +1 +1 -1

1 0 0 0 0 0
18 0 0 0 0 0
23 0 0 0 0 0
19 0 -1 0 0 0
20 0 +1 0 0 0
21 0 0 0 0 +1
22 0 0 0 0 -1

Residence Time Measurements

One critical point for the model application is
the knowledge of the residence time of the poly-
mer in the extruder. The extruder normally does
not operate fully filled, allowing the presence of
a partially filled zone where evaporation of wa-
ter takes place. The evaporation of water pro-
duces the driving force for the polycondensation
in the subsequent fully filled zone. The extent
of the partially filled zone may vary with the
operating conditions. Because of the partial fill-
ing, the residence time is not precisely known.
The knowledge of the degree of filling is very
important because the extent of the partially
filled zone affects the space time of the polymer,
with implications for the degree of polymeriza-
tion. Moreover, if the conditions are such that
the extruder becomes completely filled, there
will be no place for evaporation, dramatically
changing the process response. Therefore, it is
extremely important to predict the residence
time or, alternatively, the degree of filling.
Although no direct measurement of the resi-
dence time was possible in the extruder, an esti-
mate was obtained from a specially planned proce-
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dure. Table I presents the coded experimental
plan of the industrial runs.

In each run of Table I, the following procedure
was carried out. After setting the independent
variables shown in Table I and waiting for the
process to reach the steady state, the vacuum sys-
tem was suddenly turned off. Thereafter, degass-
ing no longer occurs, so that no driving force for
polycondensation is generated. After the vacuum
shutdown, the polymer that enters the extruder
will not increase its degree of polymerization.
When this lower viscosity polymer reaches the
spinnerets at the end of the extruder, the pressure
drop in the spinneret pack will decrease. The time
elapsed to change the pressure drop in the spin-
nery pack gives an estimate of the polymer resi-
dence time in the system.

A typical pressure drop response at the spin-
nery pack is showed schematically in Figure 3.
The figure also illustrates the procedure used to
estimate the average residence time.

Of all the 23 runs in Table I, only runs 16 and
17 presented an abnormal operation. In these
runs, change in the pressure drop at the spinneret
pack was observed, an indication of flooding of the
extruder, that is, of a fully filled extruder with no
room for water evaporation. More details of these
transient experiments in the extruder are dis-
cussed elsewhere by Giudici et al.?®

MODEL VALIDATION

To check the model predictions, a set of 21 experi-
ments (all except runs 16 and 17) performed in
an industrial plant was used. The runs cover a
wide range of process variables, such as barrel
temperature, vacuum applied to the degassing
zone, flow rate, pressure at the extruder head,
and screw rotation speed.

In order to validate the model and make its
predictions quantitatively reliable, it was found
to be necessary to fit the model to industrial
data by adjusting three model parameters,
namely, the effective mass transfer coefficient
(and area) of water evaporation (ka), a correc-
tion factor for the polycondensation reaction
(f.), and a correction factor for the degradation
reactions (f;). The first parameter defines the
effective kinetics of water evaporation in the ex-
truder. The correction factors account for the
presence of catalyst in the industrial process
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Figure 3 Typical response of pressure drop in the extruder.

that is not considered in the kinetic models
taken from the open literature.

The parameters were estimated by minimizing
the following nonlinear least-squares criterion in-
volving the differences between model predictions
and experimental values of the concentrations of
amine (C,) and concentration of carboxyl (C.)
end groups, as follows:

mM&=M2G%¥%
i=1 Ai

n C ;- é : 2
+We'S (—416——41> (7)
i=1 Ci

where the caret symbol () stands for the calcu-
lated values.

The weighting factors were chosen as W, = W,
= 1. For the minimization of the criterion given
by eq. (7), the routine UNCMND from the book
of Kahaner et al.>” was used.

Relative viscosity is not included in the objec-
tive function [eq. (7)] due to the uncertainty in
the empirical correlation used to predict it (rela-
tive viscosity is not a primary prediction of the
model).

Model Adjusting without Degradation Reactions

The first attempt was to fit the model without
considering the degradation reactions. In this
case, the model has only two adjustable parame-
ters (ka and f,) to be adjusted. A systematic devia-
tion in the predictions showed that the model was
not satisfactory. This conclusion was also con-
firmed by a statistically based F-test of ade-

quacy,? in which the model was rejected at 95%
confidence level.

Model Adjusting Considering the
Degradation Reactions

The analysis of the experimental data shows
that the consumption of amine and carboxyl end
groups in the industrial post-condensation pro-
cess is different, as shown in Figure 4. This is
an indication of the presence of degradation re-
actions in the process since the stoichiometry of
the amidation reaction implies that the con-
sumptions should be equal. Since degradation

1.000
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0.800

0.700 . "

ACA /ACC

0.600 — .

0.500 -

0.400 : :
0 100 200 300
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Figure4 Ratio of consumption of amine and carboxyl
end groups as a function of operation days.



Table II Parameter Summary

Estimated Standard
Parameter Deviation t-Value
ka(s™) 0.09 0.04 2.2
fe 15.44 2.42 6.4
fa 3.67 0.24 15.4

Elements of the Correlation Matrix of the Parameters

ka fe fa
ka 1 -0.521 +0.021
f: -0.521 1 +0.044
fa +0.021 +0.044 1

Residue, S = 79.65; number of points, N = 21 X (2 vari-
ables) = 42; number of parameters, p = 3; degrees of freedom,
N — p = 39; variance, s> = S/(N — p) = 2.04; standard devia-
tion, s = 1.43.

may change the concentration of amine and car-
boxyl end groups by different amounts, the
inclusion of degradation reactions allows for
taking these experimental observations into ac-
count in the model. Indeed, inclusion of degrada-
tion reactions resulted in a much better fit than
in the previous case, with equally distribution in
both positive and negative deviations between
model predictions and experimental measure-
ments. Table II summarizes the estimated pa-
rameters and standard deviations.

The model was able to represent adequately
the industrial extruder data. Figure 5 presents
the comparison between predictions and experi-
mental plant data. The adequacy of the model for
the prediction of amine and carboxyl end-group
concentrations was also confirmed by a statisti-
cally based F-test of adequacy.®

It is noteworthy that the behaviour observed
in runs 16 and 17 is correctly predicted, even
though these runs were not used in the fitting.
They correspond to the points of highest end-
group contents in Figure 5. For these runs, it
was supposed that the extruder was flooded, so
that no water evaporation could take place. This
result is an additional validation for the main
hypothesis of the model, namely, the separation
into two zones.

The observed deviations in relative viscosity
may be ascribed to the empirical correlation used
to evaluate RV from the average molecular weight
calculated from the model. The main problem in
the empirical correlation used to predict the RV
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values is that the polymer is assumed to be linear,
which might not necessary be true if degradation
occurs. Note that although RV is not a primary
prediction of the model, it is an important indus-
trial variable since it is used for quality control of
the polymer. Therefore, further efforts should be
directed toward improving the prediction of this
variable.

AVERAGE RESIDENCE TIME PREDICTION

In order to make the model useful for optimization
studies, it is necessary to obtain acceptable pre-
dictions for the length of the fully filled reaction
zone or, equivalently, the average residence time
in the reaction zone.

For this prediction, we made use of a simple
model for the flow in an extruder. This flow model
is the so-called screw pump model or continuous
drag flow model.?*'51%22 For the fully filled zone,
the flow is given by the sum of the effects of the
drag flow and the pressure flow in the form as
follows:

Q=02m-1) rDWH F;N,cos ¢
wWH? dP
+(2m — 1) 121 <—E>Fp (8)

where m is the number of thread starts, H is
the channel depth, W is the channel width, D is
the barrel diameter, ¢ is the pitch angle, N, is
the screw rotation rate, n is the melt viscosity,
dp/dz is the pressure gradient in channel direc-
tion, and F,; and F, are shape factors for the
drag and pressure flow, respectively. Since there
is no axial pressure gradient in the partially
filled zone, the appropriate boundary conditions
for eq. (8) are

P=P, atz=2z (9)
P=P, atz=1L (10)

where z; is the length of the partially filled zone
and L is the total length of the extruder.

Applying eq. (8) for the whole fully filled zone
leads to



1580

GIUDICI ET AL.

50.0
[ =
S -
‘é (]
5
S 400
8 4
o L
E
<
B 300 - ks
=
E -
8 L

o
20.0 e
20.0 30.0 40.0

50.0

90.0
S
"é’ L
=
3
S 800 -
Q
B
5 i
s
° 700 -
0
£ o
© r ng
(&) I_Ew// a
i/
60.0 : ‘ 1
60.0 70.0 80.0

90.0

Experimental amine concentration

Experimental carboxyl concentration

1.00

)
3 0.80 - iy
(4]
(] L
>
2060 - /"
= - LI |
o n
B0.40 - s
[ e
E - /
o
S 0.20
0.00 | i | : ! ! | 2
000 020 040 060 080 1.00

Experimental relative viscosity

Figure 5 Comparison between predictions and experimental plant data.

(Ph_Pv)

= KN, — K, —h =)
Q=KN -~ K T o

(11)

where K; and K, are adjustable parameters (in-
cluding geometric parameters), and (n) is an av-
erage melt viscosity of the polymer along the ex-
truder. Equation (11) was then used as the basis
of a semitheoretical relation in which K; and K,
are treated as fitting parameters, and (n) is an

empirical function of the operation conditions.?
The average residence time (in region II) can be
evaluated by

_Vu_(L—z)A

= 12
Q 9 (12)

where A is the cross-section area for flow in the
extruder. The predictions of eqs. (11) and (12) are
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compared with the experimental data in Figure
6. This practical approach allows one to calculate
the length of the fully filled zone and then the

AR A
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average residence time of polymer in the reaction
zone.

SIMULATION RESULTS

The overall structure of the model is presented
schematically in Figure 7. It consists of the follow-
ing four main steps.

1. The calculation starts with the evaluation of
the lengths of region I (z;) and of region II (L
— 21), using eq. (11).

2. Equation (2) is then used to simulate the wa-
ter evaporation in region I.

3. The water concentration at the end of region
I and the concentrations of the other compo-
nents in the feed are employed as initial con-
ditions for the ordinary differential equations
[eq. (4)] that represent the model for region
I1. These equations are numerically solved by
a standard variable-step Runge—Kutta—Gill
subroutine.

4. The concentrations of all components at the
extruder exit are then used for the evaluation
of relative viscosity, using eqs. (5) and (6).

eq. (11) + calculation of the length
eq. for melt viscosity of the two Regions
z, \va
CW‘HO Model for Region | C,
w,eq i
Sa A eq.3) Model for Region |
'__>
We o f
C . kinetics c
A0 Model for Region il ? I in A di I g .
To > R, (eq. In Appendb fa Model for Region Il
subroutine

j/ C,(L),i=AC.LW,SB,SEX

| eq. (5) |

VL

I eq. (6) I

\]/RV

calculation of
relative viscosity

Figure 7 Schematic representation of the mathematical model.
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Figure 8 Effect of temperature and screw rotation speed on the relative viscosity as

predicted by the model.

Figure 8 shows the effect of temperature and
screw rotation on the relative viscosity. When the
other variables are kept constant, the screw rota-
tion defines the degree of filling (also shown in
Fig. 8), defined here as the ratio of the filled
length to the total length. For a given tempera-
ture, relative viscosity passes through a maxi-
mum with respect to the degree of filling. This
maximum is a consequence of two opposing ef-
fects: increasing the degree of filling increases the
residence time in region II, while the volume of
region I decreases. For degree of filling lower than
about 0.7, the evaporation of water almost reaches
equilibrium at the end of region I so that an in-

crease in the degree of filling improves the poly-
merization by increasing the residence time in re-
gion II. However, excessively high values of the
degree of filling can cause an opposite effect by
decreasing the volume of region I (where the wa-
ter is removed). In the limit of a flooded extruder
(degree of filling equals 1), no water evaporation
occurs; thus, the relative viscosity of the polymer
at the extruder exit dramatically decreases, ap-
proaching the value of the RV of the polymer feed
(the values of RV were coded with reference to
the polymer feed so that the coded RV of the poly-
mer feed is zero). Raising the temperature from
260 up to 290°C can increase RV, but a further
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Figure 9 Effect of flow rate and screw rotation speed on the relative viscosity as

predicted by the model.

temperature increase is not effective due to the
effect of the degradation reactions.

Figure 9 shows the effects of screw rotation
speed and flow rate on the relative viscosity of the
polymer produced. There is a range of variation
of these two variables in which the relative viscos-
ity is high and almost constant. However, the
combination of high flow rates and low screw rota-
tion speeds causes a strong decrease in the degree
of polymerization, and the relative viscosity ap-
proaches the value of RV of the polymer feed. This
corresponds to a flooding of the extruder (the de-
gree of filling approaches 1.0). In addition, each
horizontal curve in Figure 9 defines the range of
flow rate and screw rotation that produces a given
RYV. The steepness of the surface also indicates
the sensitivity of the steady state, information
useful for control and stability studies. Note that
in the industrial process under consideration, the
flow rate is defined by the production and imposed
by positive displacement pumps, while the screw
rotation speed can be used to control the residence
time (and degree of filling) within certain limits.
Figure 9 is a good example of how to use the model
predictions to determine the feasible range of op-
eration variables. For instance, this figure shows
that it is possible to increase the production (flow
rate) of polymer and retain almost the same qual-
ity (relative viscosity) by operating the extruder
at a higher screw rotation speed.

Figure 10 shows the effect of the vacuum pres-
sure. Relative viscosity can be raised significantly
by lowering the vacuum pressure. The use of
lower vacuum pressure causes an increase in the
degree of polymerization since more water is
evaporated in region I, enhancing the driving
force for polymerization.

The model was used to study the feasibility of
increasing the production (that is, flow rate) for
a given desired grade (represented by the relative
viscosity) by selecting adequate values of the op-
eration variables (temperature, vacuum pressure,
screw rotation). No changes in the equipment or
in the quality of the feed polymer were considered.
Taking into account the constraints of the indus-
trial plant, the simulations indicated the potential
of increasing production by about 20 to 25% just
by selecting a better operation point. Additional
experiments confirmed that these predictions
were correct, and the feasible production enhance-
ment was indeed accomplished.

CONCLUSIONS

A model for nylon-6,6 polymerization in an ex-
truder reactor is presented and validated using
industrial data. The effect of the catalyst was ac-
counted for by adjusting parameters of the kinetic
model taken from the literature. In addition, the
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Figure 10 Effect of vacuum pressure and screw rotation speed on the relative viscos-

ity as predicted by the model.

mass transfer coefficient for water evaporation in
the region near the vacuum vent port was also
estimated by fitting the model.

The model is satisfactory for studying the feasi-
bility of process modifications. The model has
proved to be useful for obtaining a 20% increase
in the plant production and accurately predicts
the amine and carboxyl end-group concentrations
over the industrial variable range examined.

The relative viscosity is predicted reasonably
well, through an empirical correlation from the

amine and carboxyl end-group concentrations cal-
culated by the model. The accuracy of this correla-
tion is within 5% of the experimental values. Fur-
ther improvements of the RV prediction are dis-
cussed in the companion article (part II of this
sequence).?
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APPENDIX

Kinetics of Polycondensation

The polycondensation of nylon-6,6 in Region II
was treated as a reversible reaction between
amine (A) and carboxyl (C) end groups to form
an amide linkage (L) with the elimination of a
water molecule (W):

A+C->L+W (rl)

Experimental data on the kinetics and equilib-
rium for the nylon-6,6 polycondensation are rare
in the open literature. To our knowledge, the only
published data on this subject are in the papers
by Ogata.*® Other researchers such as Kumar et
al.®*" and Steppan et al.® have also proposed differ-
ent expressions for the kinetics, but they have
based their investigations on Ogata’s data. In the
present work, the equations presented by Steppan
et al.® are used along with a correction factor f,
that was fitted to account for the effect of catalyst
present in the industrial process. According to
those authors,® these equations are valid for the
water concentration range of 1 to 90% and for
temperatures from 200 to 265°C, in the following
form:

R1 = Ctkl(xAxC - xwa/Kapp) (Al)

where

E,/1 1
kl = kl,oexp[— Rp <E_1 - T_>:| (AZ)
0

k1o = exp{2.55 — 0.45 tanh[25(x,, — 0.55)]}
+ 8.58{tanh[50(x, — 0.10)] — 1}
X 1 - 30.05x.) (A.3)

K.,» = Koexp[— R <% - Tio)} (A4)

K, = exp{[1 — 0.47 exp(—xL/2/0.2)]
X (8.45 — 4.2x,)} (A.5)
AH,,,/R = (7650 tanh[6.5(x, — 0.52)]
+ 6500 exp(—x,/0.065) — 800}/1.987 (A.6)

Kinetics of Degradation Reactions

Steppan et al.? have also proposed a simplified
kinetic scheme that is able to explain the main

NYLON-6,6 POLYCONDENSATION MODEL. I 1585

Table A.I Kinetic Parameters for Nylon-6,6
Degradation, after Steppan et al.’

Rate ko E T

Reaction Constant (L/h) (cal/mol) (K)
Ra: ka1 0.06 30,000 293

Ry kg 0.005 30,000 305

Ry (catalyzed) kao, 0.32 30,000 305
Rys kys 0.35 10,000 305

Ras kg4 10.0 50,000 305

features observed in a number of previously pub-
lished data on the degradation of nylon-6,6. In
the present model, the degradation reactions were
considered through their kinetic scheme,® which
includes reactions producing volatile species such
as ammonia and carbon dioxide, as well as cross-
linkages, as follows.

C->SE+ W (rdl)
L->SE +A (rd2)
SE - SB + CO, (rd3)
SB + 2A - X + 2NH; (rd4)
where SE refers to a stabilized (or cyclized) end
group, SB to a Schiff base, and X to a crosslink.

The kinetics of degradation were calculated by the
following equations®:

Ry = Ckaixc (A7)
Ry = Cixp(kas + Ragexa) (A.8)
Rys = Cikasxax s (A9)
Ru = Ctkd4xAxg'g (A.10)
where
x; =C;/C, i=A,C,L,W,SE,SB,X (A.l11)

Cz:CA+CC+CL+CW+CSE
+ Csp + Cx (A.12)

-E /1 1
kj = kjoexp[ RJ <i' — E)] (A13)

The kinetic parameters for the degradation are
presented in Table Al Steppan et al.® have shown
that the reaction system of polycondensation and
degradation is valid for temperatures up to 305°C.
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In the present article, a correction factor f; was
fitted to account for the effect of catalyst on the
degradation reactions.

NOMENCLATURE

a mass transfer area for water evaporation
in Region I per unit volume (m?/m?)

A cross-section area (m?)

C; concentration of component i (kmol/m?)

C, total concentration, defined in eq. (A.12)
(kmol/m?)

D barrel diameter

E; activation energy of reaction j

fes fa correction factors for the kinetics of poly-
condensation and degradation reac-
tions, respectively

F,, F, shape factors for drag and pressure flow,
respectively

k mass transfer coefficient for water evap-
oration (m/s)

k; rate constant of reaction j

ko rate constant of reaction j at a reference
temperature T,

K.» apparent equilibrium constant of poly-
condensation reaction

K., K, -constants

h length of Region I (m)

H channel length

L total length (m)

m number of thread starts

M, number-average molecular weight (kg/
kmol)

n number of experimental points

N, screw rotation speed (s ')

p pressure (Pa)

P, pressure in Region I (Pa)

p, pressure in extruder head (Pa)

Q volumetric flow rate (m?/s)

R ideal gas constant

R; rate of reaction j (kmol/m?/s)

RV relative viscosity

S residue

T temperature (K)

Ty reference temperature (K)

\% volume (m?)

w weighting factor for least squares crite-
rion

w channel width

X weight fraction of component i (kg/kg)

z down channel position (m)

Q; stoichiometric coefficient of species i in

reaction j

AH,,, apparent reaction enthalpy
o) pitch angle

n melt viscosity (Pa-s)

p polymer density (kg/m?)

T average residence time (s)
Subscripts

A

c

C

1 region I
L

M

0

amine end group
catalytic
carboxyl end group

amide linkage
monofunctional monomer

feed
SB  Schiff base
SE cyclized end group
X  crosslinkage
W  water
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